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Abstract: The results of Doctor N.A. Voinov and his colleagues’ research aimed at developing gas—liquid film bioreac-
tors are systematized. Fluid dynamics and heat and mass transfer in a liquid film flowing by gravity down a surface with
artificial large-scale roughness have been investigated. Relationships based on the plug flow model are suggested for
calculating mass transfer in the working zones of the bioreactor. Ways of raising the productivity of the apparatus and
reducing the cost of culturing Candida scottii yeast are considered. Closed-loop gas circuit schemes are suggested for

the film bioreactor.
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INTRODUCTION

Gas-liquid bioreactors are widely used in the food
and related industries, including the production of en-
zyme preparations, baker’s yeast, biopolymers, and other
microbiological synthesis products. One of the serious
drawbacks of the existing industrial bioreactors is their
low biomass output capacity, high stirring and concen-
trating costs, and large mounts of microbiological syn-
thesis products discharged into the environment because
of the low intensity of heat transfer. This imposes limits
on the composition of te gaseous substrate, generates
temperature distribution nonuniformities in the culture
liquid, and does not ensure proper purification of the exit
gas from metabolism products.

Of the wide variety of the existing fermenters, the
most widely employed ones are bubblers with mechanical
stirring and liquid circulation in the working space of the
apparatus. However, the energy consumption per unit
weight of the resulting biomass in stirred bioreactors is
higher than in the other types of apparatuses [1] and is 3—
4 (kW h)/kg at a comparatively low biomass concentra-
tion (Table 1). Although the stirring of the liquid increas-
es the interfacial area owing to the breakup of gas bub-
bles, the liquid flow remains mainly laminar and the en-
ergy consumed does not afford an adequate increase in
the rate of oxygen transport in the liquid phase. In addi-
tion, heat removal from the reaction zone of the apparat-
uses is slow and, as a consequence, the culturing process
often takes place at a non-optimal temperature.

One way of increasing the output capacity of the gas—
liquid bioreactor is by saturating the culture liquid with
the gas in a turbulent liquid film. [2-4] flowing down the
surface of contact devices. This technique has found ap-
plication in microorganism culturing methods developed
by the authors [5-10].
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Table 1. Characteristics of bioreactors

Bioreactor
with a
suction
stirrer

Stirred
gas-lift
bioreactor

Gas-lift
bioreactor

Jet-stirred| Film

Characteristic bioreactor |bioreactor

Oxygen
transport rate,
kg/(m® h)

1.1-4.0 4-7 7 0.4-0.7 10

Bulk mass
transfer
coefficient,
h—l

1500—

200-450 1000

450-1000| 1000 | 100-150

Surface mass
transfer coef-
ficient, m/s

(0.4~
0.7)-10*

(1.3-5) -
10*

5-8)- | 6.10¢

Concentration
of reducing
substances,
kg/m®

8-30 30 30 8

Specific air
consumption,
m®/kg

30-50 34 29-43 10

Biomass
concentration
(ADW),
kg/m®

4-10.5 10 10 4 40-80**

Filling factor 0.33 0.7 0.4 0.33 0.8

Specific
energy
consumption,
kW h/kg

0.8-1.75 2-3 34 04-5 | 0.6-14

*In the falling liquid film. **Calculated value.

The introduction of a falling-film section for gas ab-
sorption in the culture liquid into the stirred apparatus
makes it possible to significantly intensify heat and
mass transfer and to reduce specific expenses.

Film bioreactors are next-generation apparatuses,
and their introduction into industry is impeded by the
poor understanding of the heat transfer processes occur-
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ring there. The oxygen transfer rate in the falling liquid
film can reach 10 kg/(m® h) or over [11], and the surface
mass transfer coefficient can be up to (2-5) - 102 m/s,
one order of magnitude larger than in the other types of
fermenters. Heat transfer in a turbulent film [12] is also
more intensive than in bubblers and gas-lift apparatuses.
Furthermore, biomass growth in film bioreactors can be
carried out without employing mechanical devices for
transporting the components of the gaseous substrate,
since the gas is uninvolved in the generation of the phase
contact surface and in liquid turbulization. Owing to the
high rates of oxygen supply and metabolite removal, film
bioreactors are capable of processing concentrated nutri-
ent media, ensure a high product output rate and fine pu-
rification of the spent gas from metabolites and substrate
drops, maintain a high degree of sterility in the process,

and make it possible to organize a closed-loop gas cir-
cuit and gas cleaning in the apparatus.

A possible design of the film bioreactor [13-15] is
presented in Fig. 1. Four heat transfer zones can be dis-
tinguished in the apparatus. These are a liquid film satu-
ration chamber (1), a mechanically stirred chamber (I1),
a liquid inlet chamber (I11), and a flow circuit (1V). Only
when the necessary concentration of the gaseous sub-
strate dissolved in the liquid and the necessary tempera-
ture are ensured in each of these zones can a high prod-
uct output capacity be attained. Fluid dynamics and
mass transfer in the mechanically stirred chamber 11
have been comprehensively investigated to date, while
mass transfer in the falling liquid film in chamber |
needs to be further analyzed.

Fig. 1. Film bioreactor: (a) reactor design, (b) contact device, and (c) gas bubbles in the falling liquid film; (1) tube of
the contact device, (2) gas pipe, (3) stirrer, (4) pump, and (5) circulation pipe.

DATA SYSTEMATIZATION

Here, we present an analysis of results obtained by
N.A. Voinov and his colleagues in their research and
development works on film bioreactors. The methods
of acquisition and processing of hydrodynamic and
heat and mass transfer data for turbulent falling films
are described elsewhere [16, 17]. Experiments were
carried out on Candida scottii yeast and on hydrogen
bacteria Ralstonia eutropha [18-20].

Fluid dynamics in the film saturation chamber.
The highest heat and mass transfer efficiency and the
highest liquid throughput capacity are achieved with
contact devices whose surface has large-scale artificial
helical-rib roughness made from a wire or ribbon [10]
(Fig. 1b). In this case, part of the liquid, flowing be-
tween roughness coils, is set in combined rotational and
translational motion, which favors its uniform distribu-
tion along the contact device perimeter without separa-
tion and formation of jet flows even on fouled and tilted
film-forming surfaces.

The optimum height of the ribs of the helical rough-
ness (wire diameter or ribbon width) is h = 3-5 mm
[21]. As the rib height is further increased, there is no
significant increase in the saturation intensity because of
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decrease in the phase contact area. The maximum pos-
sible rate of liquid flow through the contact device at its
diameter of 45-100 mm and h = 3-4 mm can be esti-
mated using the relationship

G =12exp(0,04-d), (1)

where G is the highest liquid flow rate allowing film
flow (m*h) and d is the inner diameter of the contact
device tube (mm).

For example, at a contact device diameter of
48 mm, the liquid flow rate ensuring the formation of
an annular falling film is 2 to 8 m¥h. At a lower liquid
flow rate, the surface is incompletely wetted; at a high-
er flow rate, there will be a decrease in the phase con-
tact area. An important design feature of the contact
device is that the upper coils of the roughness helix
should be placed in the annular gap between the gas
pipe and the tube surface in order to set the liquid in
rotational and translational motion and to prevent its
breaking away from the rib edges upon its running on
the roughness ribs.

Contact devices may be made from ribbon coils with
a deflected side edge [10] or from a porous body [15].
In the former case, the metal consumption is reduced; in
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the latter case, the saturation of the liquid with the gase-
ous substrate is markedly intensified.

The thickness of the gas-liquid film flowing down
the surface of a contact device with helical roughness is
several times larger than the thickness of the film on a
hydraulically smooth wall and can reach a value of
25 mm or above [22, 23] (Fig. 2). The liquid flow in the
former case is stable in a wide range of flow rtes (Reyn-
olds number Re = 4G/vrd = 20 000-100 000, where G
is the liquid flow rate (m*/s) and v is the kinematic vis-
cosity of the yeast suspension (m%/s).
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Fig. 2. Thickness of the falling liquid film as a function
of the (a) roughness parameter and (b) Reynolds number
atd=51mm, v=1-10°m?%s, and a contact device
tube length of = 1.6 m. (a) h = 55 mm; Re = (1)
30 000 and (2) 45 000. (b) s/h = 8; (1, 2) film flowing
down the outer surface of the contact device tube,
h = 0; (3-7) film flowing down the inner surface,
h =(3) 1.85, (4) 3.0, (5) 5.5, and (6) 6.0 mm.

Experiments demonstrated that, as the roughness rib
height and the dynamic viscosity of the yeast suspension
are increased, the falling liquid film on the contact de-
vice surface becomes thicker. The largest thickness val-
ue is observed at a roughness parameter of s/h = 4-8
(Fig. 2a), where s is the roughness coil spacing. Surfac-
tants do not exert any significant effect on the thickness
of the liquid film.

The thickness of the gas—liquid film increases with
the distance traveled by the film and becomes constant

at /= 1.6 m. It is suggested that the liquid film thickness
in the valley of the helical roughness, 8, (Fig. 3), be
calculated using the following relationship [10]:

5(&3]:(111] LI
2R 2R) s+e

13
0° 1+h/R
+ 2/ ® MS . (2
P9 |8s+te 4gx o s+e

where p is the density of the gas-liquid mixture
(kg/m?), e is the width of a roughness rib (m), A is the
friction factor of the liquid film on the smooth wall of
the tube, I' = G/nd is the mass irrigation density
(kg/(s m), R is the tube radius (m), o1 = 8 is an empiri-
cal correction, the sign “+” refers to a film flowing
down the outer surface of the tube, and the sign “-”
refers to a film flowing down the inner surface of the
tube.
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Fig. 3. Thickness of the yeast suspension film versus
Reynolds number at d = 51 mm, s/h =6, and h = 3 mm.
Experimental data points: v = (1) 1.2 - 10°®, (2) 0.66 - 10°°,
and (3) 0.55 - 10° m%s. The solid and dashed lines rep-
resent data pertaining to roughness valleys and rough-
ness ribs, respectively.

The density of the gas—liquid mixture in Eq. (2) is
given by
P=pl-¢)+pgo,

where ¢ is the gas content and pgand p; are the gas and
liquid densities.

The friction factor is calculated using Eq. (3) and
experimental data (Fig. 4) [10]:

% 1+h/R "
(1i£) > + 213,13
8pgh’ 2R) s+e hp™g
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T 2 1/3
r y Ae ; S
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The kinematic viscosity of the Candida scottii yeast
suspension as a function of the biomass concentration (x
= 10-100 kg/m®at 38°C) was calculated as follows [10]:

v=7.397-107 +2.113-10°x, 4)

where x is the microorganism concentration (kg/m?).
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Fig. 4. Friction factor versus Reynolds number for a
liquid film flowing down the tube surface at d = 30 mm,
I=25m,s/h=10,and v =1 x 10° m%s. The lines rep-
resent the data calculated via Eq. (3) at h = (1) 0.1
(2) 0.18, (3) = 0.33, (4) 0.45, and (5) 1.0 mm; (6) data
calculated using the . = 0.3164/Re®® equation. The
points represent experimental data [24].

When the microorganism concentration in the cul-
ture liquid is above 100 kg/m® the kinematic viscosity
increases dramatically because of the structuring of the
suspension, confirming the existence of an upper limit
for the Newtonian flow of suspensions.

The kinematic viscosity of the yeast suspension at a
culturing temperature of 30°C is given by the relation-
ship

v =.0197x+0.793 210°°. (5)

The density of the yeast suspension at 30°C and x =
100 kg/m® is 1025 kg/m°, and that at x = 200 kg/m® is
1065 kg/m®. The dependence of the density of the medi-
um on the bacterial biomass concentration under the
biosynthesis conditions can be represented as
L =995.6exp(0.0002- x) -

As the culture liquid flows down the surface with
large-scale helical roughness, gas bubbles nucleate in
roughness valleys (Fig. 1c), and this leads to the for-
mation of a gas—liquid mixture. This gas bubble nuclea-
tion is due to boundary layer separation taking place
when the liquid flows from roughness ribs, which gen-
erates circulation vortices in the valleys [25]. Once a
certain static pressure drop between the vortex and the
liquid film surface is reached, which depends on the
surface tension and thickness of the film, the gas pene-
trates into the hollow of the vortex, and this causes the
formation of gas bubbles and their buildup in the liquid.

With the optimal arrangement of the coils of the hel-
ical roughness, i.e., at s/h = 4-8, the roughness valleys
are filled with gas bubbles to the greatest extent and the
bubble diameter is comparable to the height of the
roughness rib and is 1.5-4 mm. The gas content of the
liquid increases as the height of the rib of the regular
helical roughness is increased to h = 3 mm and then
remains constant, ¢ = 0.45. The increase in the gas con-
tent as a result of an increasing roughness rib height is
due to the change in the vortex scale. The interfacial area
of the liquid film flowing down the helix-roughened
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surface was 7001000 m?m?, while the interfacial area
in apparatuses with a turbine-type agitator at its specific
power of 0.5-4 kW/m?® is much smaller [1, 26, 27] and
is a = 75-200 m?/m”.

Heat and mass transfer in the film saturation
chamber. Mass transfer in a turbulent liquid film has been
the subject of numerous works, including studies dealing
with contact devices with a rough surface [28-30].

Figure 5 plots the effective mass transfer coefficient
in the falling liquid film versus Re as calculated without
taking into account the surface area of the gas bubbles.
It was established that the highest saturation efficiency
is attained at a roughness parameter of s/h = 4-8.

me | o 5.
- (I O I
- O - b: x4 H
| A -C; X |
| X -d; .-//x | l
V-e /yx‘;(’ Ak/ 3
10°* X |
X X i
XA 10
P2t o
e ﬁg ;2
AR
10° o s’
- Z ~
A
/5530"
10* /TJ
1 5 10 20 Re-10°

Fig. 5. Effective mass transfer coefficient versus Reyn-
olds number for a water film flowing down (lines 1, 2)
smooth and (lines 3-5) rough vertical tube surfaces at
t = 20°C. Experimental data points: (a) inner surface
(d =27 mm, | = 2 m); (b) outer surface (d = 30 mm,
I = 2 m); (c—e) internal surface (d = 51 mm, | = 1.6 m,
s/h =10), h =(c) 1.85, (d) 3.0, and (e) 5.0 m.

At a dimensionless roughness rib height of , the ef-
fective mass transfer coefficient can be calculated using
the following relationship [29]:

Sh* = 6.45-10* (Re *)"**°Sc®?,
for h* = 150 — 1600,

(6)

Sh*=6.45-10(Re*)"*%sc®| — |, (7)
150

Here, Re = 43u*/v, Sh*= Bd/D,, and Sc = v/D,.

The “dynamic” liquid velocity on the rough wall of
the tube for a film flowing by gravity is calculated via
the formula

0,5
Ut = ( A j . ®)
8 (£5/(2R) ps
where 2, is the friction factor for the liquid (Fig. 4).

Because of the high gas bubble content of the film,
mass transfer should be considered both as contact be-



ISSN 2308-4057. Foods and Raw Materials Vol.1 (No. 2) 2013

tween the gas and the surface of the falling film and as
interaction between the gas bubbles and the liquid. With
this approach, the coefficient of mass transfer between
the bubbles of the gaseous substrate and the liquid is
(0.8-2) - 10 m/s and mass transfer coefficient in the
liquid film bulk is (2-8) - 10 m/s.

Aeration of a falling liquid film thorough the porous
surface of a tubular insert makes it possible to intensify
liquid saturation with the gas by a factor of up to 2 [10].
The presence of a surfactant in the fermentation medium
reduces the mass transfer coefficient [31] (Fig. 6).
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Fig. 6. Mass transfer coefficient versus Reynolds num-
ber for the gravity flow of a fermentation medium film
along the tube surface with helical roughness at
d=51mm, =124 m, h=2mm, and s/h = 8. (1-3)
experimental data points: o = (1) 52 - 103, (2) 42 - 103,
and (3) 34 - 10 N/m. (4) Experimental data for distilled
water.

The surface tension values measured for the fermen-
tation medium are plotted in Fig. 7. There are two char-
acteristic regions of the reducing substance (S) concen-
tration effect on the surface tension c. The surface ten-
sion of the fermentation medium is much higher than
the surface tension of the culture liquid.
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Fig. 7. Surface tension of the fermentation medium ver-
sus the concentration of reducing substances of molas-
ses. (1-4) Experimental data points: t = (1) 45,
(2) 30, and (3) 10°C; (4) hydrolysate from wheat grains
att=20°C.

The surface tension of a bacterial suspension grown
in Schlegel’s medium is

o = (74-79) - 10 N/m in the concentration range
x = 1-80 kg/m? at 30°C.

As water evaporates from the surface of the falling
liquid film during culturing, the equilibrium gas concen-
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tration decreases according to the following relation-
ships because of the change of the partial pressure at the
interface [31] (Fig. 8):

for the smooth surface of the contact device tubes,

C
-9 —exp(-0.06-R), ©)
c
for the surface with helical roughness,
C
% —exp(-0.014-R), (10)
c

Here, ¢* is the equilibrium oxygen concentration when
there is no vapor outflow, cq is the equilibrium oxygen
concentration in the case of vapor outflow taking place,
and R is the specific water vapor flow rate (kg/(m? h)).
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Fig. 8. Ratio of the oxygen concentrations in the liquid
at the interface versus the specific flow rate of evapo-
rated water for the liquid film flowing downwards by
gravity. Experimental data points: (1-3) smooth tube
surface, t; = 25°C, t; = (1) 40, (2) 50, and (3) 60°C;
(4, 5) rough surface, t;=25°C, t,= (4) 50and (5) 40°C.

Measurements demonstrated that the solubility of
oxygen in the fermentation media used is approximately
10% lower than in distilled water.

The presence of microorganisms showing a certain
respiratory activity in the liquid reduces the concentra-
tion of dissolved oxygen in the falling liquid film at the
outlet of the contact device, and it is necessary to take
into consideration this circumstance when designing a
bioreactor.

Under the assumption that the contact device (zone
I in Fig. 1a) is a plug flow reactor, the mass balance
equation for the dissolved gas concentration C in the
falling culture liquid film with thickness & can be writ-
ten as

u5%:ﬂ(c*—c)—qx5. (11)
where u is the mean velocity of the liquid film (m/s), |
is the tube length (m), x is the yeast concentration in
the liquid (kg/m®), q is the respiratory activity of the
yeast (kg/(kg s)), ¢* is the equilibrium gas concentra-
tion in the liquid (kg/m®), and S is the surface mass
transfer coefficient (m/s).

At a constant gas partial pressure in the contact
zone, we will then obtain
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C:c*_qx5+(qx5+00 —c*jexp(— A }(12)
/] i) uo

where ¢, is the concentration of dissolved gas in the
liquid at the chamber inlet (kg/m®).

Equation (12) provides means to calculate the dis-
solved gas concentration in the liquid flowing down-
wards along the tubular insert. According to the data
obtained (Fig. 9), the highest intensity of oxygen sup-
ply to the culture liquid is observed at a length of
1.5-2.5 m along the tube. As the microorganism con-
centration in the liquid is increased, the amount of oxy-
gen in the film at the outlet decreases. At x = 100 kg/m®
(Fig. 9), the oxygen concentration in the liquid film
practically does not increase; that is, the rate of oxygen
supply to the liquid is equal to the rate of oxygen con-
sumption by the microorganisms.

c,
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Fig. 9. Variation of the oxygen concentration in the yeast
suspension film along the length of the tubular insert at
d =51 mm, h=3 mm, s/h = 10, Re = 50 000,

t = 38°C, ¢* = 6 - 10° kg/m® ¢, = 0.c*
and q = 4.17 - 10° kg/(kg s). The lines represent the data
calculated for different yeast biomass concentrations:
x=(1) 0.1, (2) 10, (3) 20, (4) 50, and (5) 100 kg/m®.

Figure 10 presents the results of investigation of
heat transfer in the liquid film flowing down the sur-
face with artificial roughness for various rib heights
[32]. The largest value of the heat transfer coefficient is
observed at a rib height of 0.13 mm and a dimension-
less parameter of h*> 29. The heat transfer coefficient
decreases with an increasing rib height because the gas
content increases and the heat conductivity decreases
according to the relationship

ﬂ’mix :21(1_¢) +ﬂ’g¢’

where Amix, M and Aq are the heat conductivities of the
gas-liquid mixture, liquid, and gas, respectively
(WI/(m K)).

The following equation was suggested for calculat-
ing the heat transfer coefficient in a liquid film flowing
down a surface with large-scale artificial roughness
[32, 33]:

(13)

U= _12.102Re® P, (14)

mix

where Pr = v/a is the Prandtl number at the tempera-
ture of the liquid.
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Fig. 10. Heat transfer coefficient o versus (a) the Reyn-
olds number of the liquid flowing by gravity and (b) the
rib height of the helical roughness: (a) d = 30 mm;
I =1.9 m; Pr=4,5; s/h = 10; film on the outer surface of
the tube; h = (1) 0.13 (2) 0.3 (3) 0,7, (4) 0.85, (5) 1.0,
and (6) 1.5 mm; (7, 8) film on the inner surface of the
tube, d =51 mm, 1 =2.3m, h=(7) 2.0 and (8) 3.0 mm;
(b) d = 30 mm, s/h = 10, Pr = 45, | = 1.9 m,
Re =12 000.

h, mm

Mass transfer in the mechanically stirred cham-
ber. When the axial velocity of the yeast suspension in
the chamber is 0.008 m/s, the microorganisms are uni-
formly distributed in the liquid [10]. At a lower veloci-
ty, yeast flotation takes place because of the presence of
gas bubbles in the bulk of the culture liquid and, there-
fore, the liquid should be mechanically stirred.

Two mass transfer zones can be distinguished in the
working space of the chamber. These are the jet aeration
zone and the mechanical stirring zone. As the liquid
flows off the contact devices, the resulting jets with the
gas entrained by them plunge into the liquid in the
chamber. The greatest degree of mass transfer intensifi-
cation in this case is observed when the jets travel a
distance of | = 200 mm. As this distance is further in-
creased, the mass transfer coefficient decreases because
the liquid breaks up into drops and, as a consequence,
its momentum diminishes. The values of the bulk mass
transfer coefficient in jet aeration are plotted in Fig. 11.

The following relationship is suggested for calculat-
ing the bulk mass transfer coefficient in jet aeration
[10]:
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B,=6-107. Re;Sc*?, (15)

where Re; = 28u/v is the Reynolds number and Sc is the
Schmidt number.
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Fig. 11. Bulk mass transfer coefficient in the jet aeration
of water as a function of the distance traveled by the jet
at d =51 mm, t = 20°C, and an outflow velocity of 1.2
m/s.

The height of the jet-aerated zone in the bulk of the
culture liquid does not exceed 0.35 m, and its diameter
is0.2m.

Two hydrodynamic regimes are observed in the me-
chanically stirred mass transfer zone [26, 34] (Fig. 12).
The experimental values of the bulk mass transfer coef-
ficient in apparatuses with a turbine or blade stirrer at
N(1 — ¢)/V < 10 in relation to the rotational speed of the
stirrer, gas flow rate, and the liquid column height in the
chamber [26] are presented in Fig. 12a, and the same
data for N(1 — ¢)/V > 10 are plotted in Fig. 12b, where
N is the power spent on stirring (W) and V is the volume
of the chamber (m®).

The best agreement between the calculated and ex-
perimental values of the surface mass transfer coeffi-
cient B3 is provided by the following equation [35]:

p =o.33(”dsrdsj | SC[E] (16)

4 s

where dg; is the diameter of the turbine-type stirrer (m),
ds is the surface-mean diameter(m), n is the rotational
speed of the stirrer (s, and D is the diffusion coeffi-
cient (m%s).

The gain in the mass transfer coefficient achieved by
mounting a second turbine-type stirrer on the same shaft
was 30% and was due to the further breakup of gas
bubbles in the liquid.

The bubble diameter was calculated using the fol-
lowing formula:

d=08_—-2 | 17

The mass balance equation for the variation of the
dissolved gas concentration C along the height h of the
aerated layer can be written as

dc
& *_C)— QX 18
u i B,(c*—c) —qgx (18)
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Fig. 12. Bulk mass transfer coefficient as a function of (a)
the rotational speed of the stirrer and (b) the flow rate aver-
age velocity ug in the case of a bubbler installed. (a) Blade
stirrer, apparatus diameter of D = 0.38 m, dy = 0.11 m;
experimental data points: (1) uy = 0.018 m/s, H/D = 1;
(2) ug=0.03 m/s, H/D = 1; (3) ug = 0.04 m/s, H/D = 1,
(4) ug = 0.04 mfs, HID = 0,5; (5) turbine-type stirrer,
d¢=0.075m, D =0.216 m, ug = 0.01 m/s, H/D = 1, where
H is the height of the liquid column. (b) Turbine-type stir-
rer, D = 0.4 m; experimental data points: (1) two stirrers on
one shaft, dg = 0.150 m; (2) one stirrer, dg = 150 mm;
(3) one stirrer, ds;= 80 mm, D = 160 mm; (4) bubbler with-
out a stirrer.

With the boundary conditions h =0, c(h) = c,p, we
obtain

c =c*—qx+[qx+cin —c*Jexp(ﬂth, (19)
B\ B u

v \

where ¢;, is the gas concentration in the upper layer of
the liquid in the bioreactor, u is the mean velocity of
the culture liquid in the working zone, B, is the bulk
mass transfer coefficient (s ), and h is the height of
the liquid layer in chamber Il (m).

Relationship (20) provides means to calculate the
gas concentration in the liquid along the height of the
aerated layer in the working space of the bioreactor in
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the case of microorganisms uniformly distributed in the
apparatus (Fig. 13).
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(b)
Fig. 13. Oxygen concentration profiles along the height of
the aerated layer of the culture liquid in the bioreactor: (a)
u=01ms x = 306 kg/m’, q = 0.16 kg/(kg h),
By= (1) 0.55, (2) 0.15, and (3) 0.001 s%; (b) x = 44 kg/m®,
q=0.16 kg Ox/(kg h), B,=0.15s, u = (1) 0.15, (2) 0.1,
and (3) 0,05 m/s.

Mass transfer in the flow circuit of the bioreac-
tor. The variation of the dissolved gas concentration
along the length | of the flow circuit IV and in chamber
Il can be calculated using the following relationship
(20):

u de_ —QX
dl ’

Integration of this relationship subject to the bound-

ary conditions 1=0, ¢ =cvields

(20)

coc -, (1)
u

where ¢ is the gas concentration in the culture liquid
at the inlet of the flow circuit.

According to the aforesaid, in the calculation of bio-
reactor parameters the concentration of dissolved gas in
the culture liquid at the outlet of the film flow chamber
is determined from relationship (12). The concentration
of the dissolved gaseous substrate can be varied both
by regulating the liquid flow rate in the flow circuit
and, in some case, by regulating the gas phase velocity
in the contact devices. The mass transfer coefficient
data (Figs. 5, 6) suggest that the concentration of mi-
croorganisms in the film saturation chamber (compared
to the other zones of the bioreactor) is not limited by
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the gas substrate. Conversely, it ensures a dissolved gas
reserve that is then consumed in chamber 1.

Table 2. Calculated characteristics of bioreactors

Characteristic Airlift Film Film
S=15% | S=3% S=7%

Output capacity, t/day 6 6 6
Amount of metal re- 166 20 18
quired, t
Apparatus  diameter
and height, m 74x142 | 55x10 | 3.5x10
Specific energy input
in culturing, kW/kg 12 08 0.9
Air flow rate, m*/h 12 500 0-3000 0-3000
Fraesh water flow rate, 44 0 0
m°/h
Spent  liquid  (dis-
charge) flow rate, m*/h 69.0 128 8.2
Electricity ~consump-
tion, KW h 428 232 200

Calculations demonstrated that, as the concentration
of reducing substances in the nutrient wort increases in
the S = 1-10% range at a given output rate, the neces-
sary volume of the bioreactor decreases and the concen-
tration of microorganisms in the culture liquid increases
with an insignificant increase in energy consumption
for gaseous substrate transport (Fig. 14).
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3
1 ¢ 2
2 //3 —
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AN
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e
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Fig. 14. Specific energy consumption versus (a) the
contact devices length | and (b) the Reynolds number of
the liquid: (&) d = 80 mm, h = 4 mm, s/h = 6,
Re =170 000, S = (1) 5, (2) 3, and (3) 1%; (b) I = 1.5 m,
S = 3% d = (1) 50, (2) 80, and (3) 100 mm.
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Raising the gas pressure in the bioreactor does not lead
to any significant change in the energy consumption in
the process. The energy input in gas compression is
compensated for by the increase in the equilibrium ox-
ygen concentration in the liquid and by the decrease in
the power consumed by the circulation pump. The cir-
culation ratio and, accordingly, energy consumption
can be reduced by raising the partial pressure of the
saturating gas in the contact zone and by installing sev-
eral film saturation chambers along the apparatus
height. It is clear from the data presented in Table 3
that film bioreactors are capable of processing concen-
trated media at low gaseous substrate and spent liquid
flow rates and high microorganism concentrations.
They have moderate dimensions and need a compara-
tively low energy input for their operation.

The film bioreactor provided a basis for designing
culturing processes involving a closed-loop gas circuit
and gas purification [36]. This is a step forward in de-
veloping environmentally friendly microbiological syn-
thesis technologies that rule out continuous air con-
sumption and gas emission into the atmosphere.

The basic principle of developing an environmen-
tally friendly technology is to organize a closed-loop
gas circuit. This principle can be implemented by re-
moving the metabolism products released in the reactor
and by returning the purified gas into the reactor after
the addition of the necessary amount of the required
component. Carbon dioxide released by Candida scottii
can be efficiently removed from the gas by standard
chemical or physical sorption methods. In chemical
sorption, the reaction products are neutralized or pro-
cessed. Physical sorption of carbon dioxide involves
regeneration of the sorbent (e.g., 20% monoethanola-
mine solution) and production of carbon dioxide for the
food industry.

The process flowsheet involving a closed-loop gas
circuit in oxygen production from atmospheric air by
bringing it into contact with a neutral liquid is present-
ed in Fig. 15. Atmospheric air is directed to absorber 4,
where it is brought into contact with a neutral liquid
having a high oxygen absorption capacity. The oxygen-
saturated liquid enters degasser 3, where oxygen is lib-
erated and is then directed to bioreactor 1. The gas con-
taining metabolism products flows from the bioreactor
to absorber 2 for cleaning to come into contact with the
absorbent. The latter is then directed to the regeneration
unit, and the clean gas is returned to the bioreactor.
This design rules out contact between atmospheric air
and the microorganisms, preventing air pollution. The
introduction of an oxygen carrier into the neutral liquid
will eliminate the problems associated with oxygen
recovery from the culture liquid and will reduce the
energy required for liquid circulation.

The setup ensuring a high degree of oxygen recov-
ery from air is schematized in Fig. 16. Here, the goal is
achieved by removing carbon dioxide, which hampers
microorganism growth, from the culture liquid in de-
gasser 2 followed by gas cleaning in absorber 3. If air is
passed through semipermeable membranes in apparatus
4, a decrease in the air flow rate will be achieved owing
to the increase in the oxygen concentration in the air.
This scheme can be recommended for improving the
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existing industrial bioreactors by organizing a closed-
loop air circuit. This will markedly reduce the flow rate
of the air leaving the apparatus and lower expenditures
will be required for its cleaning.

Air Gas +0,

Gas +CO,

Clean gas

Absorbent

Absorbent
e

Neutral liquid +0O ,

Neutral liquid

Fig. 15. Growth of microorganisms using a neutral
liquid: (1) film bioreactor, (2, 4) absorbers, (3) desorb-
er; H = heat exchanger, S = separator, T = tank,
C = compressor.

Clean gas

Fig. 16. Growth of microorganisms with a high degree
of oxygen recovery from air: (1) bioreactor, (2) degas-
ser, (3) absorber, (4) membrane module; H = heat ex-
changer, S = separator, T = tank, C = compressor.

Of special interest is the combined culturing of mi-
croorganisms consuming oxygen and releasing carbon
dioxide together with microorganisms consuming car-
bon dioxide and releasing oxygen [6], for example,
simultaneous production of yeast biomass and chlorel-
la, which is usable as a feed additive. The combined
technology provides means to organize environmental-
ly friendly, nonwaste manufacturing of microbiological
synthesis products that employs a substantially smaller
amount of equipment and needing a much smaller capi-
tal input and operating expenses.

CONCLUSIONS

The main advantages of the film bioreactor are that
they afford a high biomass concentration in the culture
liguid and obviate the need for gaseous substrate
transport devices. This makes it possible to organize a
closed-loop gas circuit and efficient gas cleaning. The
results presented here provide a basis for designing
bioreactors.

Absorbent

Absorbent
—
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